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a b s t r a c t
We apply positron emission particle tracking (PEPT) to a gas–solid ﬂuidized bed with injection of a secondary gas
through a centrally arranged nozzle and present a method to compute stationary ﬂuid-dynamic characteristics of
the system from the trajectories of a test particle. In order to evaluate this non-invasive method we compare the
ﬁeld of density obtained by PEPT with the density obtained by a traditional, well-established and approved, yet
invasive, measurement technique to ﬁnd good agreement. Besides the penetration depth of the jet region and the
opening angle of the jet which are inferred from the density ﬁeld, we use PEPT to measure quantities whose
measurement using traditional methods is rather sophisticated, including the residence time of particles in the
jet region and the suspended phase, the coefﬁcients of axial and radial dispersion and the material ﬂux across
the jet boundaries. We conclude that PEPT is a reliable and at the same time versatile technique to measure
stationary ﬂuid-dynamic properties of dynamical particle systems at spatial resolution only limited by the
duration of the measurement.
© 2015 Elsevier B.V. All rights reserved.

1. Introduction
Fluidized beds with secondary gas injection enjoy great popularity in
miscellaneous ﬁelds of process engineering. Their characteristic properties, such as intense mixing of solids, excellent heat and mass transfer
conditions as well as easy solids handling, make them attractive for application in mixing and drying processes. Moreover they are implemented in power plant technology, but also as chemical reactors for
heterogeneous catalysis or chemical vapor deposition [1,2].
The fundamental setup of a ﬂuidized bed with secondary gas injection is composed of two subsystems. The ﬁrst one consists of the actual
ﬂuidized bed, in which particles are ﬂuidized at moderate superﬁcial
ﬂuid velocities by feeding the primary process ﬂuid through a distributor plate at the bottom of the plant. Apart from bubble formation, which
is commonly observed in gas–solid ﬂuidized beds, solids are distributed
homogeneously in the ﬁrst subsystem and particle motion therein is
based on random. Hence the ﬁrst zone is in many cases considered an
ideally mixed system, which provides gradient-free conditions with respect to heat and material distribution. The second subsystem is induced by the injection of a secondary ﬂuid, which is fed through the
oriﬁce of a nozzle. Depending on the velocity of the injected secondary
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ﬂuid, a region with reduced solids concentration is formed at the top of
the nozzle oriﬁce. According to Merry [3] this region is termed the jet region. In contrast to the statistical particle motion observed in the suspension phase of the ﬂuidized bed, the jet region is characterized by
an oriented ﬂow ﬁeld.
Several studies have been undertaken in the past to describe the interaction of the jet region with particles of the suspended phase and to
derive correlations and design criteria for the description of ﬂuidized
beds with secondary ﬂuid injection [3–6]. A large number of the conducted studies aimed at the investigation of the physical dimensions
of the jet region, namely its penetration depth into the ﬂuidized bed
and the jet opening angle, in dependence of the prevailing operating
conditions [7–9]. For that purpose invasive measurement techniques
were often applied. As alternative, two-dimensional replicas of the systems were constructed, which facilitate visual observation of the bed
and the jet region. However, a drawback of previously applied procedures consists in their invasive nature. By changing the geometry of
the bed or penetrating the bed with probes, the ﬂow ﬁeld is inﬂuenced,
which has a detrimental effect on the signiﬁcance of the obtained measurement data.
More recent studies focused on the effect of secondary gas injection
on the bubble size and behavior in gas–solid ﬂuidized beds. Using a fractal injector system, Kleijn van Willingen et al. found that the injection of
secondary gas leads to a reduction of the average bubble size within the
suspension phase of the bed, which leads to an improved gas–solid
contact [10]. With regard to the implementation as a chemical reactor
system the residence time behavior of the injected ﬂuid was
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investigated and allowed to draw conclusions on the dispersion of the
ﬂuid within the bed [11,12].
The objective of the present article consists in the non-invasive investigation of a three-dimensional gas–solid ﬂuidized bed with secondary gas injection through a single, centrally arranged nozzle. Apart from
the determination of the jet characteristics an investigation of the behavior of single particles is aimed at for the ﬁrst time. For that purpose
a particle is randomly selected from the ﬂuidized bulk material and labeled radioactively. By means of positron emission particle tracking
(PEPT) the motion of the particle is analyzed with high temporal and
spatial resolution. A method for PEPT-data evaluation is presented, by
means of which the local solids hold-up in the bed can be inferred.
The derived solids concentrations are juxtaposed to those measured
invasively, using capacitance probes. In addition to that, the residence
time behavior of the labeled particle in the jet region and in the
suspended phase is analyzed. With regard to the ﬂow characteristics
of single particles in jetted ﬂuidized beds the ﬂux of particles across
the boundaries of the jet region is determined and dispersion coefﬁcients are derived.
2. Experimental setup
In the following sections the applied materials are introduced and
the experimental setup of the ﬂuidized bed with secondary gas injection
is presented. Besides that, information on the operating conditions adjusted in the course of the measurements is given. Subsequently the applied measurement techniques are introduced and, in this regard, the
measuring procedure is explained.
2.1. Setup of the ﬂuidized bed with vertical injector nozzle and applied
operating conditions
The fundamental setup of the applied ﬂuidized bed with secondary
gas injection is depicted in Fig. 1.

The section, in which the bubbling ﬂuidized bed is located, is comprised by a hollow 1.4301 steel cylinder with an inner diameter of
0.190 m and its length amounts to 1.90 m. Prior to the start of an experiment a total mass of 30 kg of the bulk material to be ﬂuidized is provided in this section. The primary process gas is supplied via a sintered
metal distributor plate, which is located at the bottom of the plant.
Due to its thickness of 0.010 m and an average pore diameter of
20 μm, the sintered metal base plate is presumed to distribute the primary process gas uniformly over the entire cross section of the plant.
In the center of the distributor plate a nozzle is installed for the injection
of a secondary process gas in vertical upward direction. The nozzle geometry consists of a cylindrical section with an outer diameter of
0.035 m at the bottom and a truncated conical section at the top. The
nozzle oriﬁce is located at an axial distance of 0.115 m above the distributor plate and the diameter of the oriﬁce amounts to 0.010 m.
On passing the ﬂuidized bed the process gas is conducted into a freeboard, in which entrained particles are separated from the gas and
returned to the bed. After leaving the plant the process gas is lead to a
ﬁlter.
In the course of all measurements presented in this work, the volumetric ﬂowrate of the primary process gas was 47.6 Nm3 h−1, resulting
in a superﬁcial gas velocity of 0.5 m s−1. The secondary gas was injected
through the nozzle oriﬁce at a ﬂow rate of 15.8 Nm3 h−1 and a velocity
of 60 m s−1, respectively.
2.2. Materials
The experiments were carried out at room temperature and ambient
pressure conditions. Air was used as the primary and secondary process
ﬂuid. The ﬂuidized bulk material consisted of glass beads with a density
of 2480 kg m−3 and a Sauter mean diameter of 732 μm. The point of
minimum ﬂuidization was determined on the basis of the pressure
drop behavior of the bed in deﬂuidization experiments, conducted at
ambient conditions. Hence minimum ﬂuidization occurs at a superﬁcial
gas velocity of 0.31 m s−1.
For particle tracking purposes single particles are randomly selected
from the bulk of the glass beads. The diameter of the particle selected for
the measurement series presented in this article was determined to be
700 μm.
2.3. Measurement techniques
The background of the applied measurement techniques is presented in the following. The main focus of the present article is on the investigation of the motion of single particles in a ﬂuidized bed with
secondary gas injection by means of position emission particle tracking.
In order to verify the validity of the derived data, solids concentrations
derived by PEPT are compared to those obtained from invasive measurements using capacitance probes.

Fig. 1. Bubbling ﬂuidized bed with secondary gas injection through a vertically arranged
injector nozzle.

2.3.1. Positron emission particle tracking
The essential principle, on which the PEPT-technique is based, consists in labeling the particle to be tracked with a radioactive marker.
The radiation arising from the nuclear decay of the marker is used to
spot the position of the labeled particle within the investigated system.
According to Fan et al. [13,14] three different labeling techniques
are distinguished, viz. direct activation, ion exchange and surface
modiﬁcation.
In this work, a single glass bead was selected from the bulk and labeled according to the direct activation method. For this purpose the
particle was placed as a target in a Scanditronix MC40 cyclotron and
bombarded by accelerated helium ions of the isotope 3He at 33 MeV.
Herein 18O-oxygen isotopes contained in the tracer particle are converted to radioactive ﬂuorine isotopes 18F, with a half-life of 109.8 min [15].
The ﬁnal activity of the particle was in the range of 20–40 MBq.

T. Hensler et al. / Powder Technology 279 (2015) 113–122

The radioactive β+-decay of 18F-isotopes is accompanied by the
emission of positrons, which annihilate instantaneously with electrons
in the close surroundings of the labeled particle. Each annihilation
event leads to the emission of two collinear back-to-back γ-rays,
which are detected by ADAC-Forte γ-ray cameras with an active area
of 0.5 m by 0.4 m. These cameras are equipped with NaI-single crystal
detectors and allow for detecting γ-ray signals with a maximum sampling frequency of 100 kHz [16]. The location of the particle is inferred
by triangulation of the signals caused by the detected pairs of γ-rays
[17]. In this study consecutive data points are obtained with a mean
temporal distance of 146.7 ms. Due to the high sampling frequency of
the γ-ray cameras one can state that the applied measuring system
allows for locating the position of the particle with high temporal
resolution.
At the beginning of the measurement the tracer particle was added
to the ﬂuidized bed illustrated in Fig. 1. Subsequently the γ-ray signal
was recorded for 122 min.
It needs to be emphasized that neither the ﬂuid-dynamic behavior of
the particle nor its surface properties are altered by labeling the selected
particle according to the above described direct activation procedure.
Therefore the conducted PEPT-measurements may be presumed to be
non-invasive.
2.3.2. Solids concentration measurement by capacitance probes
In order to check the validity of the PEPT-measurements described
in Section 2.3.1, solids concentration measurements are performed for
comparison by means of capacitance probes [18–20].
The applied probes consist of cylindrical capacitors with an outer diameter of 3 mm. The outer cylindrical electrode creates the measuring
volume together with a central electrode, protruding 5 mm at the top
of the probe. The diameter of the central electrode amounts to
0.5 mm. By choosing short geometric dimensions of the probe, its inﬂuence on the ﬂow pattern of the ﬂuidized bed is tried to be kept at a
minimum.
Mounted on traversing units (Fig. 1), the probes are inserted into the
ﬂuidized bed at 5 different axial positions above the distributor plate
consecutively. On each level the probe is incrementally directed to various radial positions between the inner wall of the plant and the center
in 5 mm-steps. At each position 125 × 103 signals are recorded with a
sampling rate of 5 kHz.
3. PEPT-data analysis
PEPT-measurements yield a data set containing the spatial coordinates of the tracer particle position as a function of time [17]. In the following sections the procedures are explained, according to which
several process-relevant properties of the investigated system can be
derived from the PEPT-raw data set.
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3.1. Numerical evaluation of PEPT raw data
Due to the fact that the localization of the tracer particle requires triangulation of the signals obtained from simultaneously detected γ-ray
pairs, the sensitivity of PEPT data acquisition varies with the position
of the particle between the detectors. As shown in Fig. 2a, a source of
type 1 that is located close to the center of the space between the two
cameras leads to a large fraction of the detector area, which is available
for aligning γ-ray pairs. In this case a large number of γ-ray pairs can be
used for triangulation. However, if the source moves towards an edge of
the detectors (Fig. 2a, type 2), the area fraction for aligning γ-ray pairs
shrinks and thus leads to a reduced response.
In order to compensate this inﬂuence a piecewise linear interpolation is applied to the set of raw data, leading to a new set of particle coordinates with equal time intervals. In the following the measured
positions of the tracer particle's center of mass are denoted by pi(t),
where t represents time and i the index of the individual data points.
For n data points a new set of data points qi(p,t) is obtained in the
following way:
qi ðp; t Þ ¼ pi þ

piþ1 −pi
ðt−t i Þ
t iþ1 −t i

ð1Þ

Eq. 1 is valid for ti b t b ti + 1. For evaluation of the data presented in
this study, on average ﬁve interpolated data points are generated for
each experimental data point.
In addition to that, the properties of the investigated system are presumed to be rotationally symmetric. Thus the properties of the ﬁeld are
evaluated along a vertical plane, which is rotated around the axis of
symmetry obtained from the averaged particle position in the x and y
directions. As shown in Fig. 2b the results can be averaged by collecting
data at different orientations of the plane.
3.2. Derivation of the solids concentration
As described by Goldhirsch [21] continuous ﬁelds can be derived
from discrete particle positions by coarse graining. In order to derive
information on the solids holdup (1 − ε) in the investigated system,
ﬁrstly the mass density ρm is deduced from the data set obtained according to Eq. 1. The density is inferred by use of the coarse graining
function of space, ϕ:
ρm ðq; t Þ ¼

X
i

mi ϕðq−qi Þ

ð2Þ

Herein ϕ is represented by a Gaussian of full width at half maximum
ω, which speciﬁes the coarse graining scale or spatial resolution [21].
Whereas the integral of the Gaussian is unity, its width ω may vary
and deﬁnes the size of the circumcircle in which a regarded signal is

Fig. 2. Evaluation of PEPT raw data; a) signal sensitivity in dependence of the position of the tracer particle; b) evaluation of ﬁeld properties along a vertical cut through the bed.
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valid. In case that ω approaches zero, the Gaussian becomes identical to
the Dirac delta function. Since the number of measurement signals is ﬁnite, the obtained ﬁeld will consist of spatially separated points in this
case. For larger values of ω the result becomes smoother and yields a
continuous ﬁeld. It is important to consider that gradients, which involve a scale smaller than ω, cannot be projected [21]. In this study
smooth ﬁelds were obtained with ω = 3.75 mm.
The mass of the tracer particle is represented by mi and does not
change in the course of the measurement. Therefore mi is regarded to
be constant in the following considerations. Since the obtained data
set is still time-dependent, the mass densities obtained for the individual time steps Δti are integrated over the total duration of measurement
ttotal.
X

m

ρm ðqÞ ¼

i

ϕðq−qi ÞΔt i

ð3Þ

t total

Eventually the solids concentration at the observed position is inferred by correlating the mass density with the density of the tracer particle ρs:
ρm
ρs

ð1−ε Þ ¼

ð4Þ

3.3. Derivation of the relative residence time density
For the investigation of the residence time behavior of the labeled
particle, the bed is subdivided into annular sections with a height and
width of 2.5 mm (see Fig. 3a). When regarding a certain volume element ΔVj, the labeled particle can enter several times k during the
total duration of the measurement. Thus the relative residence time
can be determined by referring the cumulative residence time ∑ Δt j; k
k

in the regarded volume element to the total duration of the measurement. Due to the fact that the volumes of the individual volume elements vary with their radial position, the volume fraction ΔVj/Vtotal of
the regarded volume element needs to be considered. Eventually the
relative residence time density E'j is obtained as shown in Eq. 5.
X
0

Ej ¼

k

Δt j;k V total
ΔV j

t total

ð5Þ

In ideally mixed systems the motion of particles is based on random
and thus the probability to detect the tracer particle at a certain moment
tj is equal for every volume element of the system. From this follows that
the relative residence time density is E'j, ideal = 1.0 at every location. This
behavior is characteristic for the case of ideally mixed ﬂuidized beds

with negligible bubble formation. In real systems the relative residence
'
≤ 1 at positions, at which
time will have values in the range of 0 ≤ Ej,real
the probability of being detected is reduced. Those positions are identical to positions with reduced residence time. At positions with larger
residence time of particles the relative residence time density will obtain values larger than one.
3.4. Derivation of the particle ﬂux
Within the scope of PEPT-data evaluation the particle ﬂux across the
boundaries of the jet region shall be determined, which is of high relevance for the design of ﬂuidized bed reactors with secondary gas injection used in chemical reaction engineering. For that matter the
characteristic dimensions of the jet region, e.g. the penetration depth
and the jet opening angle, are derived from the solids concentration
proﬁle to specify the outline of the jet region. Subsequently the jet region is approximated by an inverted cone as shown in Fig. 3b. Herein
the surface of the cone is divided into two areas of investigation: the
base area and the lateral surface area. On each area the events are counted, at which the tracer particle either enters or leaves the jet region. Entrance and exit events can thus be treated separately. For the sake of
comparability, the particle ﬂux across the jet boundaries is presented
as a dimensionless quantity. Therefore the number of detected entries
Nin
i is referred to the total number of transfer events Ntotal. Since the
regarded areas of investigation differ in size, the area fraction ΔAj/Atotal
also needs to be considered. For a regarded area of investigation Aj the
dimensionless solids ﬂux Fin
j entering the jet region is thus determined
in the following way:
X
in
Fj

¼

in

N j;i Atotal
Ntotal ΔA j
i

ð6Þ

In analogy to Eq. 6 the dimensionless solids ﬂux leaving the system
Fjout is obtained by replacing the in-ﬂux by the out-ﬂux Nj,iout.
3.5. Derivation of the axial and radial dispersion coefﬁcients
Intense mixing of solids is one of the key properties of ﬂuidized beds,
which makes them attractive for operations in that gradient free conditions are desired. As described by Weinekötter [22] mixing of solids is a
process that is based on an overlap of convection and dispersion.
Whereas convection considers the movement of larger groups of particles relative to each other [22], dispersion refers to the displacement of
single particles relative to those in their direct vicinity. Hence dispersion
describes local mixing effects. Within a regarded system dispersion signiﬁcantly inﬂuences the heat and mass transfer properties, which plays
an important role in any kind of ﬂuidized bed application.

Fig. 3. Processing of PEPT-data; a) sectioning of the bed geometry for derivation of the relative residence time density; b) boundaries of the jet region used for derivation of the particle ﬂux.
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Several studies were performed in the past to investigate dispersion
using PEPT. In the previous studies systems like rotating drums, several
types of mixers and bubbling ﬂuidized beds were examined [16,23–25].
A method developed by Lam Cheun U allows for the determination of
the dispersion coefﬁcient separately from the inﬂuence of convection
[16]. In that a planar cut is applied to the system under investigation
and the motion of the particle perpendicularly to the cut is tracked as
a function of time. This delivers insight into the distance traveled by
the particle after different time steps. The variance of the mean square
displacement χ of the particle relative to the cut is represented by [16]:
2

Varðχ Þ ¼ χ −μ

2

ð7Þ

In Eq. 7 μ represents displacement of particles due to convection. The
dispersion coefﬁcient of solids δs is derived from the change in variance
of the mean square displacement with the length of the applied time
step. By applying vertical and horizontal cuts to the investigated system,
the coefﬁcients of axial and radial dispersion can be inferred at various
positions within the system.
4. Results and discussion
The data obtained from particle tracking and evaluated according to
the methods described in the previous sections are presented in the following. In order to validate the signiﬁcance of the PEPT-measurement
and the subsequent evaluation of raw data, PEPT-derived solids concentrations are confronted with those obtained by invasive measurements
using capacitance probes.
For better comparability of the presented data set to measurements
in similar systems with different scales, all length-related properties are
represented as dimensionless quantities. For that purpose axial and radial positions are referred to the total diameter of the ﬂuidized bed D.
4.1. Solids concentration
The radial solids concentration proﬁles measured invasively by use
of capacitance probes inserted at several different levels above the nozzle oriﬁce are displayed in Fig. 4a. From the data measured at an axial
distance of Δh = 15 mm (Δh D−1 = 0.08) above the nozzle oriﬁce it
can be seen that the solids concentration in the center of the plant is
close to zero, i.e. hardly any solids prevail directly above the nozzle oriﬁce. When moving towards the wall, immediately a sharp increase of
the solids concentration is observed. At a radial position of 2r D−1 =
0.2 the solids concentration levels at a value of (1 − ε) = 0.60, which
is characteristic for the suspension phase ﬂuidized slightly above the
point of incipient ﬂuidization. With increasing axial distance Δh from
the nozzle oriﬁce an increase of the solids concentration is noted in
the center of the plant. This indicates increasing intrusion of solids
into the region above the nozzle oriﬁce on the higher levels. Moreover,
with growing axial distance from the point of secondary air injection the
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slope of the section between the center of the bed and the suspension
phase is reduced. Thus the region with reduced solids hold-up stretches
out to larger radii, leading to the conclusion that broadening of the
jet region occurs. At axial distances larger than Δh = 165 mm (Δh
D−1 = 0.87) above the nozzle oriﬁce the solids concentration is distributed evenly across the entire cross-section of the bed and thus hardly
any inﬂuence of the jet region is detected.
Fig. 4b shows the solids concentrations extracted from the PEPTdata set at axial positions equal to the levels at which the capacitance
probes were inserted in the course of the invasive measurement series.
The radial distribution at Δh = 15 mm (Δh D−1 = 0.08) shows that also
when using PEPT-derived data, the solids concentration in the center of
the bed turns out to be close to zero. When moving from the center towards the wall, a sharp increase of the solids hold-up is found and at radial positions larger than 2r D−1 ≥ 0.2 the solids hold-up varies between
0.50 ≤ (1 − ε) ≤ 0.60. Also the increase of the solids concentration in
the center of the bed with increasing axial distance Δh from the nozzle
oriﬁce coincides with the observations made during the invasive measurements (Fig. 4a).
However, direct comparison of the concentration proﬁles displayed
in Fig. 4a and b makes obvious that the PEPT-derived concentrations
are subject to much stronger variations than data obtained by the capacitance probes. This is attributed to the uncertainty in averaging the measured data, originating from the number of available data points. Each
data point obtained from a capacitance probe represents the average
value of 125 × 103 signals measured at the observed position within
the bed. In comparison, the concentrations derived from particle tracking represent a smaller number as they depend on the number of occurrences, at which the tracer particle traveled to the regarded position in
the bed during the total duration of measurement. The observed variations make clear that for evaluations with high spatial resolution a larger duration of measurement ought to be applied. For the presented data
series, the duration of measurement was 122 min. A challenge, however, is represented by the reduction of emitted radiation due to the halflife of the tracer. Therefore the starting activity of the tracer is to be enhanced if an extended duration of measurement is desired [14]. An alternative consists in the use of several tracer particles at the same
time [26].
Besides its non-invasive character, particle tracking brings about the
advantage that the measurement is not restricted to single spots within
the bed. By means of PEPT, solids concentrations can be derived at any
location, which can be reached by the particle. Fig. 5a shows the solids
concentration map of the entire investigated system. At the bottom of
the bed the outline of the nozzle becomes apparent, distinguished
from the ﬂuidized bed by vanishingly small solids concentrations. Directly above the nozzle oriﬁce a short zone is detected, in which the
solids holdup is zero. This is in agreement with observations made in
the literature and termed as the jet according to Merry [3]. At the
given operating conditions the length of the jet amounts to ljet =
25 mm (ljet D−1 = 0.13).

Fig. 4. Radial distribution of the solids concentration measured at different axial distances above the nozzle oriﬁce; ug,bottom = 0.5 m s−1; ug,nozzle = 60 m s−1; a) invasive measurement by
capacitance probes; b) non-invasive measurement by PEPT; axial distance from nozzle: ■ Δh = 15 mm, Δh = 45 mm, Δh = 105 mm, Δh = 165 mm, and Δh = 255 mm.
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Fig. 5. Determination of the penetration depth and opening angle of the jet region; ug,bottom = 0.5 m s−1; ug,nozzle = 60 m s−1; a) solids concentration proﬁle determined by PEPT;
b) relative residence time density distribution.

The jet is surrounded by the so called jet region, in which the solids
concentration increases until it reaches a ﬁnal value of (1 − ε) = 0.60,
being characteristic for the suspension phase. Based on the reduced
solids holdup (1 − ε) ≤ 0.60, the jet region can be distinguished from
the suspended phase. As shown in Fig. 5a the outline of the jet region
can approximately be described by a conical shape. Thus a penetration
depth of the jet region of ljet region = 275 mm (ljet region D−1 = 1.45) is
obtained and the half jet opening angle is determined to be θjet = 16.1°.
In Table 1 the experimentally obtained jet dimensions are compared
to those inferred from the correlations proposed by Merry [3]. It is found
that the experimentally determined half jet angle deviates to −31.3%
from the value suggested by the correlation of Merry [3]. Whereas the
half jet opening angle is overestimated by the correlation, the penetration depth is signiﬁcantly underestimated. The experimentally determined penetration depth of the jet exceeds the value calculated from
theory about a factor of 2.5. A possible reason for the deviation might
be found in the size distribution of the ﬂuidized bulk material. For the
calculations according to Merry's correlation the Sauter mean diameter
was used as the representative size for the entire ﬂuidized bulk material.
However, the mean diameter does not account for ﬁnes and coarser particles. Another inﬂuence might arise from the invasive nature of the
measurement technique used for the establishment of the empirical
correlation by Merry, using a two-dimensional ﬂuidized bed.
4.2. Relative residence time density
Apart from the solids concentrations shown in the previous section,
PEPT also allows for the determination of the residence time behavior of
the tracer particle in different sections of the bed. Fig. 5b shows the relative residence time density inferred from the motion of the tracer
particle.
In the suspended phase of the ﬂuidized bed relative residence time
densities are observed in a narrow range between E′j = 0.8–1.2. Similar
Table 1
Dimensions of the jet region—comparison between experiment and the correlation
according to Merry [3].
Jet dimension

Experimental

Correlation [3]

Deviation from theory/%

Half jet angle θjet/°
Length ljet region/mm

16.1
275

23.4
88

−31.3
212.7

to the observations made during the evaluation of the solids concentrations (Fig. 5a), the nozzle can be distinguished from the ﬂuidized bed by
the absence of particles, represented by E′nozzle = 0. Above the nozzle
oriﬁce a zone with reduced relative residence time density is observed.
This zone can be subdivided into the jet and the jet region. Whereas the
relative residence time density in the jet is zero, it increases throughout
the jet region until it reaches the value of the suspension phase at the
boundaries of the jet region.
When applying the boundaries of the jet region deﬁned by the jet
opening angle and the penetration depth of the jet region obtained
from the solids concentration proﬁle (Fig. 5a), the mean relative
residence time density of E′jet region = 0.699 is obtained for the tracer
particle in the jet region. This means that the residence time of the tracer
particle within the jet region is 69.9% of that in an ideally mixed system
with even solids distribution.
Moreover, regions with increased relative residence time density
E′j ≥ 1.0 are observed. This is for example the case directly above the
primary gas distributor at the bottom of the bed. Due to the broad particle size distribution of the bed material it is likely that large particles
settle and accumulate at the bottom of the plant at the given superﬁcial
velocity of the primary process gas. This goes along with reduced particle mobility in the regarded section. Once the tracer particle enters this
section, it takes some time until it is released again, leading to an increased relative residence time density at the bottom of the bed.
In addition to that, increased relative residence time densities are
observed above the jet region at the top of the bed. It can also be seen
that the width of the jet region covers a large fraction of the cross section of the bed at a height of Δh D−1 = 1.4. Due to the small plant diameter and the large width of the jet region the exchange of solids between
the upper section and the lower section of the bed might be inhibited. In
this respect it appears conclusive that individual particles ﬂoat on top of
the bed, leading to an increased residence time in the upper part of the
plant.
4.3. Particle ﬂux across the boundary of the jet region
In the previous section the residence time behavior of the tracer
particle in the jet region was investigated. However, the residence
time behavior alone does not give insight into the orientation of the particle ﬂow. In order to investigate the ﬂow direction of particles passing
the jet region, the jet dimensions derived in Section 4.1 are used to
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approximate the jet by an inverted cone (Fig. 3b). The particle ﬂuxes
crossing the lateral surface area as well as the base area of that cone
are depicted in Fig. 6.
In Fig. 6a the solids ﬂuxes entering and leaving the jet region via the
lateral surface area are displayed as a function of the axial position relative to the point of secondary gas injection. It can be seen that the in-ﬂux
of particles increases with increasing distance from the point of injection and levels at a distance of Δh = 70 mm (Δh D−1 = 0.37). At distances larger than Δh = 140 mm (Δh D−1 = 0.74) the in-ﬂux
decreases. In contrast to that the out-ﬂux of particles remains at a low
level along the whole axis of the jet region, leading to a positive netﬂux of particles on the lateral surface area. At an axial distance of
Δh = 217 mm (Δh D−1 = 1.14) in- and out-ﬂuxes reach similar values,
thus the net-ﬂux of zero is observed. At higher axial positions out-ﬂux
overweighs slightly. Generally, however, it can be concluded that inﬂux of particles predominates on the lateral surface area of the jet
region.
The particle ﬂuxes entering and leaving the jet region via the base
area are displayed in Fig. 6b as a function of the radial position. It is
found that in the center of the plant no in-ﬂux of particles is detected.
When moving towards the wall, a slightly increasing tendency of particles to enter the jet region is observed. The out-ﬂux of particles behaves
in the opposite way: The maximum out-ﬂux of particles is detected in
the center of the bed, followed by a decreasing tendency towards the
wall. At the boundary of the jet region and the suspended phase at 2r
D−1 ≈ 0.7 the in-ﬂux and the out-ﬂux compensate each other. Overall,
negative values are obtained for the net-ﬂux across the entire base area
of the investigated region. This leads to the conclusion that out-ﬂux of
particles dominates the ﬂow behavior at the upper area of the jet region.
The net-ﬂuxes of particles entering and leaving the jet region, as obtained from Fig. 6, are depicted as vectors perpendicular to the regarded
surface in Fig. 7. The length of the individual vectors indicates the magnitude of the net-ﬂux at a regarded position. Fig. 7 illustrates once more
that the particles preferentially enter the jet region via the lateral surface area and leave via the base area. Moreover, it shows that the largest
surface-weighed in-ﬂux occurs directly above the jet at Δh = 68 mm
(Δh D−1 = 0.37) above the nozzle oriﬁce.
All in all one can state that the majority of particles enters the jet region via the lateral surface area and escapes through the center at the
top.
4.4. Coefﬁcients of axial and radial dispersion
For the determination of the dispersion coefﬁcient with regard to
particles, vertical and horizontal planes were applied as cuts through
the system separately. In this way, the dispersion coefﬁcients along
the reactor axis and across the reactor cross-section could be derived.
Fig. 8a shows the obtained distribution of the axial dispersion coefﬁcient along the reactor axis. It must be kept in mind that each data point
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Fig. 7. Net-ﬂux of solids crossing the boundaries of the jet region; ug,bottom = 0.5 m s−1;
ug,nozzle = 60 m s−1; Ntotal = 4442; Atotal = 1.027 × 105 mm2.

represents the axial dispersion coefﬁcient for particles at a certain axial
position, averaged over the entire cross-section of the plant. As reference level the axial position of the nozzle oriﬁce is used.
At the bottom and at the top of the bed low axial dispersion coefﬁcients with a magnitude of δs,axial = 6 10− 3 m2 s− 1 are observed.
These values are in good agreement with axial dispersion coefﬁcients obtained by Lam Cheun U [16], who ﬂuidized sand and aluminum oxide particles in a bubbling bed using air as process ﬂuid. Thus
the low axial dispersion coefﬁcients are attributed to the suspension
phase of the bubbling ﬂuidized bed at the top and bottom of the
plant. With increasing distance from the distributor plate at the bottom of the plant the axial dispersion coefﬁcient reaches higher
values and achieves its maximum at 20 mm (Δh D− 1 = 0.11)
above the nozzle oriﬁce. When applying the axial position of maximum axial dispersion to the solids concentration proﬁle (Fig. 5a) it
turns out that this position is equal to the upper end of the jet,
which is free of particles. At the top of the jet the injected air gets
in ﬁrst contact with particles.
Moving towards higher levels the axial dispersion coefﬁcient decreases linearly until it reaches the characteristic value of bubbling
beds at the upper section of the bed. It is to be noted that the position
of the section with linearly declining axial dispersion coefﬁcient is
equivalent to that of the jet region (Fig. 5a).

Fig. 6. Solids ﬂux across the boundaries of the jet region; ug,bottom = 0.5 m s−1; ug,nozzle = 60 m s−1; Ntotal = 4442; Atotal = 1.027∙105 mm2; a) solids ﬂux across the lateral surface area;
b) solids ﬂux across the base area of the jet region; in ﬂux, out ﬂux, and net ﬂux.
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Fig. 8. Dispersion coefﬁcient for the solids phase; ug,bottom = 0.5 m s−1; ug,nozzle = 60 m s−1; a) axial dispersion; b) radial dispersion.

Interestingly, signiﬁcantly increased axial dispersion coefﬁcients are
detected at axial positions between −0.4 ≤ Δh D−1 ≤ 0 below the point
of secondary gas injection. This leads to the conclusion that the injection
of secondary gas has remarkable inﬂuence on particles that are located
below the nozzle oriﬁce. Under consideration of the reduced solids
holdup and the lower residence time of particles in that section of the
bed (Fig. 5a and b) it seems likely that the injection of secondary gas, accompanied by solids circulation, induces a doughnut-shaped vortex that
surrounds the nozzle.
The distribution of the radial dispersion coefﬁcient over the crosssection of the plant is depicted in Fig. 8b. Here each data point represents the mean radial dispersion coefﬁcient measured at a certain radial
position, averaged along the total height of the bed. Compared to the
axial dispersion coefﬁcient, the values of the radial dispersion coefﬁcient are generally reduced. In consideration of the mixing effect caused
by the wake of bubbles rising vertically through the bed, it appears to be
conclusive that axial dispersion exceeds radial dispersion. On closer examination of the distribution of the radial dispersion coefﬁcient it can be
seen that a nearly constant value of δs,radial = 1.75 × 10−4 m2 s−1 is obtained between 0.8 ≤ 2r D−1 ≤ 1.0, i.e. the region in proximity of the
wall which is hardly affected by the injection of secondary gas. In contrast to that the radial positions, which are affected by the jet region,
show larger radial dispersion coefﬁcients. The maximum is reached at
a radial position of 2r D−1 ≈ 0.33. However, radial dispersion decreases
again when approaching the center of the bed.
The previous investigations showed that both the axial and the radial dispersion coefﬁcients show constant values outside the jet region
(Fig. 8).They may be interpreted as the dispersion coefﬁcients in
the suspension phase. By applying the geometric dimensions of the jet
region as determined experimentally (Table 1) the areas can be localized within the bed, which are inﬂuenced by the jet region. The mean
dispersion coefﬁcient δs on an investigated planar cut (Fig. 8) may be
interpreted as the weighed arithmetic mean of the dispersion coefﬁcients in the jet region δs,jet region and in the suspension phase δs,suspension.

The measure of weighing is the area fraction of the jet region Ajet region
and the suspension phase Asuspension compared to the total area of the
planar cut Atotal.
δs ¼

Ajet region
Atotal −Ajet region
δs;jet region þ
δs; suspension
Atotal
Atotal

ð8Þ

Eq. 8 can be applied individually for axial and radial dispersion. Assuming that the axial dispersion coefﬁcient of the suspended phase
has a constant value of δs,suspension = 6.50 × 10−4 m2 s−1 throughout
the whole suspension phase, the behavior of the axial dispersion coefﬁcient for solids within the jet region can be inferred as a function of the
axial position and is shown in Fig. 9a. In accordance with the curve progression shown in Fig. 8a, the axial dispersion coefﬁcient has its maximum value closely above the nozzle oriﬁce and decreases with
increasing axial distance from the nozzle. However, it is found that the
maximum value of the axial dispersion coefﬁcient of δs,jet region(max) =
.27 m2 s−1 is several orders of magnitude larger than the cross-section
averaged value. This is due to the large area fraction of the suspension
phase at the level of the nozzle oriﬁce. At the upper end of the jet at
Δh D−1 = ljet D−1 = 1.45 the value of the axial dispersion coefﬁcient
converges with that of the suspension phase.
When regarding the behavior of the radial dispersion coefﬁcient for
solids within the jet region, it is found that low values prevail in the center. With increasing radial distance from the central axis, the radial dispersion coefﬁcient increases in a linear way. At intermediate radial
positions nearly constant values are obtained. At the boundary of the
jet region a sudden drop of the radial dispersion coefﬁcient is observed
and values characteristic of the suspension phase are reached. Generally
it is found that the dispersion coefﬁcients within the jet region show
larger values than in the suspension phase, which is equivalent with intense mixing of particles in the jet region.
Combining the results obtained from the axial and radial dispersion
coefﬁcients, it is found that strong mixing of solids in horizontal and

Fig. 9. Dispersion coefﬁcient for solids in the jet region; ug,bottom = 0.5 m s−1; ug,nozzle = 60 m s−1; ljet region = 270 mm; θjet region = 16.1°. a) Axial dispersion in the jet region; δs,suspension =
6.50 × 10−3 m2 s−1; b) radial dispersion in the jet region; δs,suspension = 1.79 × 10−4 m2 s−1.
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vertical direction prevails in the lateral sector of the jet region. In the
center of the jet region, however, strong axial mixing predominates.
Moreover it turned out that mixing effects caused by the injection of
secondary gas also affect particles in the region below the nozzle oriﬁce.
5. Conclusions
The focal objective of the presented work consisted in the noninvasive investigation of the motion of single particles in a ﬂuidized
bed with secondary gas injection by means of positron emission particle
tracking (PEPT). For this purpose a particle was selected randomly from
the bulk material and labeled radioactively for use in a gas–solid ﬂuidized bed with secondary gas injection through a vertically arranged nozzle. Subsequent tracking of the particle motion resulted in a data set
providing the coordinates of the particle within the system as a function
of time. For derivation of characteristic ﬂuid-dynamic properties of the
investigated system from particle tracking raw data, an evaluation algorithm is presented.
To validate the signiﬁcance of the obtained data, solids concentrations obtained from particle tracking are compared to concentrations
measured invasively using capacitance probes. Direct comparison revealed that both techniques yield the same trends with regard to the
solids concentration. However, it is found that particle tracking results
in a reduced amount of data points at the individual measurement positions compared to the invasive measurement technique. This leads to
ﬂuctuations in the solids concentrations if very high spatial resolution
is applied during evaluation of particle tracking data. In order to overcome this inconvenience, longer measurement duration, increased tracer activity or multiple-particle tracking, respectively, is recommended.
A signiﬁcant advantage of PEPT over conventional techniques turned
out to be the fact that PEPT allows for non-invasive analysis of the behavior of a single particle at any location within the system of investigation. Within the context of the evaluation of the solids concentration
proﬁle of the ﬂuidized bed with secondary gas injection, the characteristic dimensions of the jet region could be determined. Thus the penetration depth of the jet region as well as the jet opening angle was
obtained. Moreover, the residence time behavior of the tracked particle
was analyzed. By applying the dimensions of the jet region, as obtained
from the solids concentration proﬁle, the relative residence time density
of a single particle within the jet region could be determined. Another
target property was the solids ﬂux crossing the boundaries of the jet region, which serves to give insight into the ﬂow direction of particles entering and leaving the jet region. It was found that particles primarily
enter the jet region via its lateral surface area, whereas they escape
through the center of the boundary area at the top of the jet region. Further studies revealed the dispersion coefﬁcients for solids within the jet
region and the suspended phase.
Generally it can be concluded that PEPT allows for analysis of the
motion behavior of individual particles. In combination with the presented method of data evaluation, several ﬂuid-dynamic properties of
the investigated system could be inferred: Under consideration of the
dispersion coefﬁcients and the particle ﬂux crossing the boundaries of
the jet region, insight into local ﬂow conditions could be gained.
Furthermore, the obtained information on the relative residence time
density bears high application-oriented value for the design and optimization of ﬂuidized beds systems with secondary gas injection.
It is important to note that the results discussed in this work refer to
a single tracer particle with a deﬁned diameter that corresponds to the
mean particle size of the used bulk material. The idea that tracking particles of a different size fraction may result in different particle behavior
provides an incentive for future investigations.
Notation
A
area, [m2]
D
inner plant diameter, [m]
E′
relative residence time density, [−]

F
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h
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j
k
l
m
n
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p
PEPT
q
r
s
t
u
V
δ
ε
(1-ε)
θ
μ
ρ
ρ
ϕ
χ
ω
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dimensionless solids ﬂux, [−]
gas, [−]
axial position, [m]
index of individual events, [−]
index of the space of investigation, [−]
index of time intervals, [−]
length, [m]
mass, [kg]
total number of data points, [−]
number of transfer events, [−]
measured position of the tracer particle, [m]
positron emission particle tracking, [−]
particle position obtained by interpolation, [m]
radial position, [m]
solid, [−]
time, [s]
velocity, [m s−1]
volume, [m3]
dispersion coefﬁcient, [m2 s−1]
void fraction, [−]
solids volume fraction, [−]
angle, [°]
convective displacement of the particle, [m]
density, [kg m−3]
time-averaged density, [kg m−3]
coarse graining function of space [24], [m−3]
axial displacement from starting plane, [m]
spatial resolution, [m]
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